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Summary

Hydrogen for the use in electrochemical fuel cells (FCs) can be obtained from

diesel's sourced energy. A small scale process of the catalytic auto-thermal

reforming (ATR) with the operational water-gas shift (WGS) for the production

of hydrogen with suitable purity grade as a resource in the high temperature

polymer membrane redox FCs (HT-PEMFCs) for auxiliary power systems was

proposed. The reactors for hydrocarbon ATR dehydrogenation reactions, WGS

processor serial treatment and downstream were designed. Technology was

simulated using Aspen Plus software. Gibbs minimization was applied to vali-

date the product compound composition for both units' yields, modelling was

analysed, and the heat at the ATR device fluid inlet, the potential of pressure,

feed, the influence of the oxygen to carbon (C) amount ratio, and the steam to

total indicated C equivalent were investigated. one dimensional models were

used for ATR/WGS. The first was considered as a plug flow, while the latter as

packed-bed vessel. Particular kinetic parameters were estimated from litera-

ture; other functional conditions were specified. Combined sequential results,

assessed from calculations, allow for a successful engineered construction,

operation and intensification of ATR, which requires a good physical under-

standing, but also control of thermodynamic equilibria, transport phenomena

and mechanistic chemical rates.
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1 | INTRODUCTION

Hydrocarbon fuels can be efficient hydrogen carriers
mainly due to their high hydrogen density and existing
infrastructure. Extensive studies have been conducted on

the use of hydrocarbon fuels as hydrogen sources for fuel
cell applications, particularly gasoline, diesel1-4 and jet
fuel.5-7 The major drawback of these technologies is that
they have difficulties in maintaining high thermal effi-
ciency and low fuel consumption while reducing
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emissions such as CO and CO2.
8,9 Research is placing

great emphasis on finding cleaner and more efficient
designs.2

Various ways of producing hydrogen from hydrocar-
bons have been studied: carbon dioxide reforming,10-12

partial oxidation of hydrocarbons,13,14 steam reform-
ing15-18 and technologies combining different
aspects,2,19-21 such as autothermal reactors. The latter
was originally proposed by Argonne National Labora-
tory.22 They combined two processes: partial oxidation,
which is exothermic, and steam reforming, which is
endothermic. Autothermal reforming (ATR) is based on
the heat effects of exothermic partial oxidation and
endothermic steam reforming and is combined by add-
ing fuel, air and water to the reactor. By controlling the
ratio of partial oxidation and steam reforming, the heat
balance in the reactor can be controlled. Therefore,
external heat supply is not required.1,2 The general
reactions used in this study for different reforming pro-
cesses combined with autothermal reforming are as
follows:

Steam reforming:

CnHmþ2n H2O!n CO2þ m
2
þ2n

� �
H2 ΔH>0 ð1Þ

CnHmþnH2O!n COþ m
2
þn

� �
H2 ΔH>0 ð2Þ

Partial oxidation:

CnHmþ n
2

� �
O2 !n COþ m

2

� �
H2 ΔH<0 ð3Þ

In ideal case no CO is produced and CO2 and H2 are
the only products as described by reaction for autother-
mal reforming:

CnHmþn H2Oþ n
2

� �
O2 !n CO2þ m

2
þn

� �
H2 ΔH<0

ð4Þ

In autothermal reforming research, hexadecane is
often used as a diesel surrogate. For hexadecane, n = 16
and m = 34, the enthalpy of reaction is �2053.9 kJ/mol.2

Hexadecane is a typical hydrocarbon and is well-studied,
therefore its chemical and physical data are well known
and readily available. The reforming of hexadecane leads
to a high yield of H2. Usually the presence of CO is a
problem for proton-exchange membrane (PEM) fuel cells.
To solve this problem, a water gas shift reaction (WGS) is
used to reduce the content of CO by reacting with water
to form CO2 and H2.

1,2

Potential difficulties in autothermal reforming reac-
tors include the occurrence of hot spots and catalyst cok-
ing. Compared to autothermal reforming of light
hydrocarbons, coking can occur more easily in the
reforming of fuels because products such as aromatic
compounds and ethylene are precursors of coke.23 To
minimize these difficulties, autothermal reforming reac-
tors must be equipped with a mixing chamber in which
the fuel evaporates and mixes with air and steam to form
a homogeneous mixture. Complete evaporation of the
fuel is critical and can be achieved by some type of atom-
izer that disperses fuel droplets into a heated zone where
the fuel evaporates and mixes with air and steam. Incom-
plete evaporation can lead to coking if liquid fuel reaches
the catalyst. On the other hand, incomplete mixing can
lead to local hot spots.6 Numerous studies have been pub-
lished on reaction kinetics, mathematical modelling, and
optimization of monolithic reactors.24 Moazami et al.2

studied a single channel catalytic reactor and developed a
numerical two-phase one-dimensional mathematical
model. They used a new method for solving conservation
equations, such as mass and energy balances, rate equa-
tions, and relationships between physical properties.
Mentioned method was a combination of Euler's method
and the central finite difference method. The advantage
is the negligible percentage error caused by the numerical
scheme. The influence of thermal conductivity, effective
wall thickness of the solid phase and mole fractions of
the components was also studied.2 Zahedi Nezhad et al.25

published a paper on the autothermal reforming of meth-
ane to produce syngas. They proposed a mathematical
model for an autothermal reformer consisting of two
parts: a combustion part and a catalyst bed part. For the
combustion part, they predicted the temperature and
composition. For the prediction, they used a mathemati-
cal model that included 108 elementary reactions with
28 species. The results from the combustion part served
as initial conditions for the catalyst bed part, where they
used a one-dimensional heterogeneous reactor model to
estimate kinetic parameters and perform kinetic simula-
tions.25 Gawade et al.26 studied the reforming and com-
bustion kinetics of n-hexadecane on a rhodium/nickel
catalyst supported on alumina. They obtained experimen-
tal data in a temperature range of 500�C to 750�C and
compared them with three different mechanisms:
(a) Eley-Rideal, (b) Langmuir-Hinshelwood bimolecular
adsorption and (c) Langmuir-Hinshelwood double site.
They also studied combustion kinetics and found that the
power-law model provided the best agreement with
experimental results.26 Fazeli and Behnam27 developed a
microreactor and computational fluid dynamics (CFD)
model that considered the mechanism of autothermal
reforming. The central process in their study was the
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autothermal reforming of methane. They used Langmuir-
Hinshelwood type kinetic rates. They observed the effects
of the type of feed, the ratio of air to fuel, and the addi-
tion of water to methane.27 Malik and Kim28 published a
numerical study on the autothermal reforming of n-hexa-
decane. They developed a 2D CFD model to study com-
bustion and reforming channels that are thermally
coupled and separated by a metal wall. They used rho-
dium on a CeO2 support as the catalyst, which was
deposited on the inner surface of the channels. Their
analysis showed a 86% hydrogen yield with an operating
time of 2 h on stream. The operating temperature was
between 660 to 850 K. Numerical analysis of autothermal
reforming was performed by finite element method using
COMSOL as CFD tool. 44 elementary reactions on the
catalyst surface were described.28 Shi et al.29 developed a
numerical model based on CFD, to simulate the perfor-
mance of a catalytic monolith reactor for hydrogen pro-
duction. They used an n-hexadecane feed and the reactor
was modelled as a porous medium. As a result, they pre-
sented the mole fractions for H2, CO2 and CO products
and temperature changes. They found that the thermal
conductivity of the solid catalyst affected the temperature
profile in the reactor, but not the hydrogen concentration
at the outlet. They found that the reforming efficiency
decreased by about 11% when the power input was
increased.29 Liu et al.30 performed catalytic reforming
with dodecane and hexadecane. They investigated a vari-
ety of oxygen-carbon and steam-carbon ratios. They
found that the oxygen-carbon ratio was most important
and strongly influenced the reforming efficiency. The
efficiency increased with increasing oxygen-carbon ratio
up to 0.42.30

Fuel cells powered by hydrogen derived from hydro-
carbons can be used as auxiliary power units in vehicles6

or can power fuel cells in cars.31,32 Small, compact ATR
and WGS reactors are needed for this type of mobile
power units. Therefore, an ATR multi-channel reactor
(monolith catalyst) of suitable size was considered for an
auxiliary power unit and a process was modelled consid-
ering both ATR and WGS reactors. The objective of this
work is to establish a process model to predict the perfor-
mance of a proposed integrated autothermal diesel
reformer and WGS reactor for hydrogen production. The
hydrogen produced in this way is suitable for use in high
temperature proton exchange membrane fuel cells (HT-
PEMFC), which can be used as auxiliary power units in
mobile systems. An initial process model based on ther-
modynamics is used to determine the influence of process
parameters (oxygen-carbon ratio, steam-carbon ratio,
influence of temperature at ATR reactor inlet and influ-
ence of pressure) on hydrogen yield and CO content after
both ATR and WGS reactors. The influence of the

parameters on the temperature in the reactors and the
cooling power required after the reactors was also investi-
gated. Two surrogates for diesel were considered, one
being n-hexadecane and the other a mixture of four dif-
ferent hydrocarbons. Then a kinetic model for the ATR
reactor is validated and used to simulate the ATR reactor.
In the case of the kinetic model for the WGS reactor, two
catalysts, namely FeCr-based and Pt-based, were consid-
ered and compared. For the ATR reactor, a catalyst con-
taining cerium oxide, gadolinium oxide and 1 wt%
platinum was considered. The kinetic model can be used
to predict a system operation and for a design of a real
system for hydrogen production from diesel, which would
consist of an ATR reactor, a WGS reactor, a sulphur trap
and suitable heat exchangers. Thus generated hydrogen
would be suitable for auxiliary power units in vehicles.

2 | REACTOR DESIGN AND
COMPUTER SIMULATION

2.1 | Reactor design

The main components of the hydrogen production sys-
tem are the ATR reactor, the sulphur trap and the WGS
reactor. The ATR reactor from the work of Liu et al.30

had a diameter of 38 mm, which is about two times smal-
ler in volume than the one considered here (compact
autothermal diesel reformer reactor developed by Fraun-
hofer IMM33), while the length of the reactor was about
the same (144 mm). The reactor is designed for conver-
sion of 300 g/h of diesel. Mixing of the reactants takes
place in the mixing chamber of the ATR after the mixing
nozzle. The inlet is heated with cartridge heaters. For the
ideal reactor capacity (300 g/h) 97 W is required to heat
the diesel or diesel surrogate mixture. The steam is gener-
ated upstream of the ATR with a steam generator that
requires 1.4 kW of electrical power. The reactor dimen-
sions considered in this work are as follows:

length¼ 0:158m

radius¼ 0:0463m

void fraction¼ 0:64:

2.2 | Process simulation in Aspen plus

A process diagram was created using ASPEN Plus soft-
ware to perform Gibbs minimization calculations for the
autothermal reforming and water-gas shift reactors
(Figure 1). The central parameters were chosen as
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follows: The feed rate was set at 5 g/min of diesel-
surrogate mixture or n-hexadecane as surrogate; a steam-
to-carbon ratio of 4 and an O2/C ratio of 0.475 were used.
The temperature at the inlet of the ATR reactor was set
at 400�C. The composition of the diesel-surrogate mixture
(in mass fractions) was: 0.32 n-hexadecane, 0.42
2,2,4,4,6,8,8-heptamethylnonane, 0.11 trans-decahydro-
naphthalene, and 0.15 1-methylnaphthalene. The central
parameters are listed in Table 1.

The influence of the parameters, namely the ratio of
O2 to C, the ratio of steam to C, and the inlet tempera-
ture of the ATR reactor, was studied by varying one
parameter while leaving the rest at the central values
(Table 1). The ranges of the varied parameters were: O2

to C ratio from 0.28 to 0.82, steam to C ratio from 2.2
to 6.9, and temperature at the inlet of the ATR reactor
from 220�C to 690�C. For the study of the influence of
pressure, three cases were considered. In case 1, the
original system at 1 bar was used, in case 2, the pres-
sure was 2 bar and the volumetric flow rate was
decreased while the molar flow rate remained the same,
and in case 3, the pressure was 2 bar and the volumet-
ric flow rate remained the same while the molar flow
rate was increased.

2.3 | Kinetic models for ATR and WGS
reactors

Both the ATR reactor and the WGS reactor were consid-
ered as adiabatic 1D reactors. A 1D plug flow reactor
model was used for the mass balance equations of the
ATR reactor and a 1D packed bed reactor model was
used to describe the WGS reactor. The diesel surrogate
was n-hexadecane. Due to the relatively high linear gas
velocities, the effect of axial diffusion can be considered
insignificant compared to convective flow. Lateral diffu-
sion, on the other hand, could be rate-limiting if too wide
channels would be chosen. A full 3D model is needed to
investigate this; currently, homogeneous concentration
profiles within the channels are assumed. Modelling was
performed using Python. The ODE solver's method
LSODA was the fastest and most stable for this system of
ordinary differential equations. Discretization of the solu-
tion was performed for plotting the results on a 201 grid
in the x-direction along the channel (in the longitudinal
direction).

2.3.1 | ATR reactor kinetic model

The global reaction mechanism for the autothermal n-
hexadecane reaction as described in the literature is pre-
sented below.29 The reactions of autothermal reforming are
(1) complete combustion, (2 and 4) steam reforming, and
(3) water-gas shift reaction. Some n-hexadecane cracking
occurs at higher temperatures but is not considered, nor
are the balances of the light C1-C4 hydrocarbons, since

FIGURE 1 The process scheme of the auto-thermal reforming—water-gas shift system.

TABLE 1 Used central parameters

P (bar) 1

O2 to C ratio 0.475

Steam to C ratio 4

TATR,in (�C) 400
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their yields are generally low.29 The reasoning behind com-
plete combustion is that experimental results have shown a
higher CO2 content in the reformer product,30 in contrast
with CO. This mechanism is more accepted in the litera-
ture. Based on a previous work,34 we assumed that CH4

and other short-chain hydrocarbons are mainly formed by
steam or thermal cracking as intermediates rather than
methanation. Therefore, CH4 formation was disregarded
because it was assumed that the amount of CH4 produced
is very small. The H2 deficit due to CH4 formation was also
neglected in the model, which assumes ideal conditions for
H2 formation. Moreover, it has been experimentally dem-
onstrated that the molar fraction of CH4 in the reformate
from autothermal reforming is usually less than 0.5%30 or
not more than 2% in some cases of hexadecane reforming
on a different catalyst35 so the error of the model intro-
duced here due to the exclusion of the methanation reac-
tion is negligible.

Reactions:

1. 2 C16H34 + 49 O2 ! 32 CO2 + 34 H2O
2. C16H34 + 16 H2O $ 16 CO + 33 H2

3. CO + H2O $ CO2 + H2

4. C16H34 + 32 H2O $ 16 CO2 + 49 H2

Rate expressions:

r1¼
k1PC16H34P

0:5
O2

1þKC16H34PC16H34 þKO2P
0:5
O2

� �2 kmolC16H34 reacted=m2 s
� �

r2 ¼
k2 PC16H34 �P3

H2
PCO=PH2OKe2

� �
P0:6
H2O

kmolC16H34 reacted=m2 s
� �

r3 ¼ k3 PCO�PH2PCO2

PH2OKe3

� �
kmolCO reacted=m2 s
� �

r4 ¼
k4 PC16H34 �P4

H2
PCO2=P

2
H2OKe4

� �
P0:3
H2O

kmolC16H34 reacted=m2 s
� �

ki ¼Ai e
�Eai

RTð Þ i¼ 1,2,3,4ð Þ

The partial pressures of the species are in bar, ki is
the reaction rate coefficient, R is the universal gas con-
stant, Eai is the activation energy of compound i, KC16H34

and KO2 are the absorption equilibrium constants and Kei

are the equilibrium constants and the temperature is T.
The reactions take place on the catalyst surface in the
monolith with four channels.29 The surface reaction rates
were converted to volume reaction rates by multiplying
by the specific surface area of the catalyst (areactor):

areactor ¼Areactor=Vreactor

where Areactor is the catalytic surface area (4� channel
cross section� channel length) and V reactor is the channel
volume. The value is an approximation and varies with
channel dimensions. The reaction rate can be affected by
this parameter.

The values for Ai and Eai were defined for the catalyst
used in the literature data29,30: cerium oxide, gadolinium
oxide and 1wt% platinum. In case of other catalytic mate-
rial, other values can be used.

A 1D plug flow reactor model was used for the
mass balance equations. Due to the relatively high lin-
ear gas velocities the effect of axial diffusion will be
insignificant compared to convective flow. Homoge-
neous concentration profiles are assumed in the chan-
nels. The ordinary differential equations for all species
in the system, as well as the heat balance equa-
tion are:

C16H34:

vx
dcC16H34

dx
¼�r1� r2� r4:

O2:

vx
dcO2

dx
¼�24:5r1

H2:

vx
dcH2

dx
¼ 33r2þ49r4þ r3

H2O:

vx
dcH2O

dx
¼ 17r1�16 r2�32r4�1r3

CO:

vx
dcCO
dx

¼ 16r2� r3

CO2:

vx
dcCO2

dx
¼ 16r1þ16r4þ r3

Temperature:

ρcpvx
dT
dx

¼ r1ΔH1þ r2ΔH2þ r3ΔH3þ r4ΔH4
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The reaction enthalpies ΔH1 and ΔH3 were taken
from a paper by Gawade et al.,26 while ΔH2,298K was
obtained with ASPEN calculations, and ΔH4,298K was also
calculated with ASPEN giving a value of 1820 kJ/mol.
The enthalpy of reaction as a function of temperature
change was calculated using Kirchhoff's law. The heat
capacity of the gas mixture was calculated using the low
temperature polynomials NASA a1 to a5 (valid up to
1000K). The partial pressures and the concentrations are
calculated as follows:

Pi ¼ ciRT

The molar fractions through:

xi ¼ PiP
Pi

Average density:

ρ¼
X

Pi Mavg= RTð Þ

2.3.2 | WGS reactor kinetic model

The system of equations is similar to the ATR calculations
except that only the WGS reaction occurs in the WGS reac-
tor (reaction 3) and the mass balances are written for the
packed bed reactor. The density, heat capacity, enthalpy of
reaction, molar mass and partial pressures are treated the
same as in the ATR calculations. The mass balances for the
packed bed reactor are (ϵ is the void fraction):

H2:

vx
dcH2

dx
¼ rWGS 1� εð Þ=ε

H2O:

vx
dcH2O

dx
¼�rRWGS 1� εð Þ=ε

CO:

vx
dcCO
dx

¼�rRWGS 1� εð Þ=ε
CO2:

vx
dcCO2

dx
¼ rRWGS 1� εð Þ=ε

For the calculations, the inlet conditions were
assumed for the case that the ATR reactor is operated
with the central parameters:

TCin ¼ 300 �C WGS temperatureð Þ

Flow rate:

ϕvol,in ¼ 0:0021216m3=s

Inlet components (%):

xC16H34,0 ¼ 0

xO2,0 ¼ 0

xH2,0 ¼ 22:2634

xH2O,0 ¼ 41:3159

xCO,0 ¼ 4:2671

xCO2,0 ¼ 8:2918

xN2,0 ¼ 23:8619

The dimensions of the reactor are as follows; a typical
void fraction for a packed bed was assumed:

length¼ 0:144m

width¼ 0:054m

depth¼ 0:086m

void fraction εð Þ¼ 0:4

A typical bulk catalyst density was also presumed:

ρcat ¼ 1000kg=m3

The thermodynamic equilibrium for WGS is (T in K):

Keq ¼ 10 �2:4198þ0:0003855Tþ2180:6=Tð Þ
For the solution, the same methodology and solver

(LSODA) as in the case of and ATR reactor were used to
solve the set of ODEs.

Two cases of the kinetic model were considered. In
the first case kinetic parameters for the FeCr-based
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catalyst36 and in the second case, kinetic parameters for
the Pt-based catalyst were used.37

Kinetic parameters for reaction rate in the form of
power law for FeCr-based catalyst are36:

nCO að Þ¼ 1

nH2O bð Þ¼ 0

nCO2 cð Þ¼�0:36

nH2 dð Þ¼�0:09

AWGS ¼ 700�103 mol=kg s kPa�nCO�nH2O�nCO2�nH2

EaWGS ¼ 110�103 J=mol

RWGS ¼ kPCO
a PH2O

b PCO2
c PH2

d 1�βð Þ

Where partial pressures are in kPa.
The kinetic expression for the Pt-based catalyst

(Pt/CeO2/Al2O3) is in the Langmuir-Hinshelwood
form37:

KCO ¼ 94:4

KH2O ¼ 12:2

KH2 ¼ 462

KCO2 ¼ 2:4

AWGS ¼ 3:7�107
mol
kg s

EaWGS ¼ 78:2�103 J=mol

rCO ¼ krdsKCOKH2OPCOPH2O 1�βð Þ
1þKCOPCOþ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2PH2

p� �2
1þ ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

KH2OPH2O
p þKCO2PCO2

� �

β¼ 1
K

PCO2PH2

PCOPH2O

3 | RESULTS

3.1 | Aspen model and influence of
parameters

Figure 2 shows the Gibbs minimization results for the
diesel-surrogate mixture, and Figure S1 in the supporting

information shows the process schematic with Gibbs
minimization results for the n-hexadecane surrogate. For
the simulation in the second case, 5 g/min of n-
hexadecane was used, yielding 1.325 mol/h. 84.8 mol/h
of water and 50.35 mol/h of air are used, giving an O2 to
C ratio of 0.475 and an S to C ratio of 4. Heating the air
to 400�C requires 0.157 kW of power, heating the n-
hexadecane requires 0.13 kW, and heating the water
stream requires 1.411 kW. All feed streams are heated to
400�C before entering the ATR reactor. The outlet tem-
perature of the ATR reactor is raised to 739�C due to the
exothermic reaction and 0.7 kW is required to remove
the heat and reach 310�C for the desulfurizer. In the
WGS reactor, the reaction is also exothermic and the
temperature is raised from 300�C at the inlet to 338�C.

The Gibbs minimization solution for the surrogate
mixture (Figure 2) gives a slightly higher ATR outlet tem-
perature (766�C) and a slightly higher WGS outlet tem-
perature (340�C), otherwise the solutions are very similar
to the case with n-hexadecane. The molar fraction at the
outlet of CO before condensation (stream 12) is 0.35%,
while this value can be reduced to 0.20% if the WGS reac-
tor is operated in isothermal mode, which keeps the out-
let temperature at 300�C and favours thermodynamic
equilibrium with less CO. The molar fraction of CO at
the outlet after the condensation (stream 13) would be
0.34%. By Gibbs minimization, the equilibrium concen-
trations at different temperatures can be obtained. In
order to calculate the required capacities for the equip-
ment design, kinetic mechanisms, rate expressions, and
kinetic data coupled with the governing transport phe-
nomena through appropriate heat and mass balances for
the specific reactor design are required. This will be
investigated in the following sections. First, the influence
of the process parameters in the process model is exam-
ined and then the kinetics in the two reactors are
considered.

3.1.1 | Influence of O2 to C ratio

Figure 3 shows the gas composition at the outlet of the
ATR (Figure 3A) and WGS (Figure 3B) reactors at differ-
ent oxygen to carbon ratios. Here, air is used as the oxy-
gen source, as this would be most practical in a real
system. As can be seen in all the cases presented, the die-
sel surrogate mixture and oxygen are completely
depleted. Most importantly, the amount of hydrogen pro-
duced decreases rapidly as more oxygen reacts with C16
(yellow curve in Figure 3A,B). If the H2 molar fraction at
the ATR output is about 0.22 at the central conditions of
0.475 O2/C ratio, it decreases to only 0.1 at 0.8 O2/C ratio.
On the other hand, more hydrogen is produced when the
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FIGURE 2 The ASPEN Plus process diagram of the autothermal reforming and water-gas shift reactor system for a diesel surrogate

mixture

FIGURE 3 Results at different oxygen-carbon ratios. (A) auto-thermal reforming (ATR) reactor outlet gas composition, (B) water-gas

shift (WGS) reactor outlet gas composition, (C) ATR outlet temperature and the power required to subsequently reduce it to 310�C, (D) WGS

outlet temperature and the power required to reduce it to 25�C
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amount of O2 is decreased; at an O2/C ratio of 0.3, the
molar fraction of H2 is more than 0.3. It is obvious that
the H2/CO ratio is also worse at a higher O2/C ratio than
when less oxygen is present. At the lowest O2/C ratio, the
molar fraction of H2 is 23 times greater than the molar
fraction of CO. At the highest O2/C ratio, the ratio of H2

to CO is only 2.6. The content of CO can be significantly
reduced by the WGS reaction. As can be seen in
Figure 3B, the gas composition at the exit of the WGS
reactor is similar to that at the ATR outlet except for the
effect of the water-gas shift that occurred. We can see
that CO drops to a very small amount at all O2/C ratios,
less water, more CO2, and also more H2 are produced
(Figure 3B). The H2 content increases from 0.329 at the
outlet of the ATR reactor to 0.340 at the outlet of the
WGS reactor for the lowest O2/C ratio and from 0.104
before the WGS reactor to 0.143 after the WGS for the
highest O2/C ratio. Oxygen is needed for autothermal
operation. Thus, a decrease in O2 content has a negative
effect as the temperature in the ATR decreases and the
reaction slows down and eventually stops altogether.
Figure 3C shows the ATR outlet temperature and the
power required to reduce the temperature to 310�C. At
the highest O2/C ratio, the exit temperature reaches
1182�C. It should be noted that the maximum tempera-
ture inside the ATR is much higher due to the exother-
mic reaction with O2. The final temperature is reached
after the endothermic reaction of the remaining C16 with
water. As mentioned earlier, the heat release of the water
has a great influence on the system. The temperature at
the outlet of the adiabatic WGS reactor increases slightly
from 312�C at the lowest O2/C ratio to 343�C at the high-
est value because the gas entering the WGS reactor is far-
ther from equilibrium conditions and consequently a
larger increase in conversion occurs. This, and the fact
that there is more water in the system, means that much
more energy is needed to cool the gas to room tempera-
ture: 1.54 kW compared to the 1.27 kW at the central
conditions, as shown in Figure 3D.

3.1.2 | Influence of steam to carbon (S/C)
ratio

In general, the amount of H2 that can be produced in the
ATR is determined by the residue of C16 after reaction
with O2. Additional hydrogen can be produced by a water
gas shift reaction. More water in the feed can have a neg-
ative effect because it increases the required heating
power. However, it should be noted that water plays an
important role in preventing excessive coking.23 Figure 4
shows the different results at different S/C ratios. From
the results in Figure 4A another positive effect is a

decrease in the concentration of CO due to the water gas
shift reaction; the higher amount of water shifts the ther-
modynamic equilibrium, causing CO to decrease and
CO2 to be formed. At higher S/C, more CO2 is produced,
but since the amount of water also increases, the molar
fraction is about the same. While the water content in
the ATR reactor increases, the molar fraction of H2

decreases. However, comparison with the molar fraction
of CO shows that increasing the S/C ratio improves the
H2/CO ratio. At the lowest S/C value, about 3.1 times
more H2 is produced than CO. At the highest S/C value,
the ratio of H2 to CO is about 12. Therefore, by increasing
the S/C ratio, a purer hydrogen can be obtained in terms
of the CO content. The same conclusions can be drawn
for the WGS reactor as for the O2/C ratio: CO and H2O
react to form CO2 and H2 (Figure 4B). Figure 4C shows
the ATR outlet temperature and the power required to
cool it to 310�C. Excess water in the ATR means that the
energy released by the C16 and O2 reactions is used to
heat water, decreasing the outlet temperature (from
about 850�C at the lowest S/C ratio to about 680�C at the
highest ratio). Interestingly, a lower outlet temperature
does not result in a lower required cooling power; in fact,
it is higher at lower temperatures due to the higher water
content. The very high increase in cooling power after
the WGS reactor in Figure 4D is again a consequence of
the high water content. At the lowest S/C ratio, the mass
flow of water is 0.9 kg/h, while at the highest it is 2.7 kg/
h, which is a threefold increase.

3.1.3 | Influence of inlet ATR temperature

The effect of ATR input temperature can also provide
insight into how the integrated system responds to the
desired or potentially undesired change in operation.

Figure 5A, clearly shows that the difference between
the molar fractions corresponds exactly to the change in
the water-gas shift equilibrium from temperature 630�C
to 1000�C (seen in Figure 5C). At a higher outlet temper-
ature, there is a higher water and CO content and a com-
paratively lower H2 and CO2 content. At an inlet
temperature of less than 400�C, achieving complete con-
version would require a very long residence time. At the
lowest ATR inlet temperature for which the calculation
was performed, the H2/CO ratio is 9. At the highest tem-
perature, it drops to only 3.6. However, the additional
WGS reactor can decrease the CO content and the H2/
CO ratio is increased to about 90 for all ATR inlet tem-
peratures. At the output of the WGS reactor, no effect of
the ATR input temperature is observed because the gas
composition is converted to the equilibrium composition
at the WGS reactor temperature in all cases, as shown in
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Figure 5B. However, there are differences. The inlet gas
composition is different; at higher temperatures it shifts
to CO and H2O. This means that at the lower WGS tem-
peratures, a higher conversion is required to reach equi-
librium, causing a larger temperature rise due to the
exothermic WGS reaction. In the considered range, the
WGS exit temperature is between 326�C and 359�C
(Figure 5D). This can be observed at CO where the molar
fraction is increased from about 0.0029 to 0.0043.

3.1.4 | Influence of pressure

The same central parameters were considered. The ratio
of O2 to C was 0.475 and the ratio of S to C was 4. The
resulting gas composition is shown in Table S1 and the
results of all three cases are identical. This is correct
because the gas composition at the outlet depends only
on the composition of the diesel surrogate and the C/O2/
H2O ratio (since ATR reactions are irreversible) and the
temperature of the WGS reactor. Also the pressure has
no influence on the operation of the WGS reactor, since
the reaction is equimolar.

3.2 | ATR reactor kinetic model

The model was compared with the available experimen-
tal results from Reference [29]. The temperature at the
inlet was 327�C, the pressure was 2 bar, the flow rate of
n-hexadecane was 2.0445 mol/h, the flow rate of water
was 65.408 mol/h, the flow rate of air was 60.5 mol/h.
The reactor length was 143.92 mm, the radius of the reac-
tor tube was 19.05 mm, and the void fraction was 0.64,
resulting in the following residence times (τ), ratio of O2

to C (O2/C ratio), and ratio of steam to C (S/C ratio):
τ = 0.12 s, O2/C ratio = 0.370 and S/C ratio = 2.000.

The temperature profile in this case is in good agree-
ment with the experiments (Figure 6A). The experimen-
tal outlet temperature is 690�C, while the simulated
value is 737�C, which could be due to heat loss to the
environment. The initial oxidation rate is extremely high.
Heat is released, which further increases the reaction rate
until the O2 is depleted. Then the endothermic steam
reforming reaction begins to decrease the temperature.
The molar concentrations of all components are shown
in Figure S2 in the supporting information. The profiles
are different as the number of moles increases during the

FIGURE 4 Results at different ratios of steam to carbon. (A) Gas properties at the outlet of the auto-thermal reforming (ATR) reactor,

(B) Gas properties at the outlet of the water-gas shift (WGS) reactor, (C) ATR outlet temperature and power required for cooling to 310�C
(D) WGS outlet temperature and power required for cooling to 25�C
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reactions. The final gas composition depends on the ini-
tial reactant ratios (steam and O2 to C) and the final tem-
perature due to the equilibrium of the water-gas shift
reaction.

The simple 1D model for the ATR reactor showed a
good agreement with the experimental results
from Reference [29] and can therefore be used to model a
different reactor design, keeping the same reaction rate

FIGURE 5 Results at different inlet temperatures (in�C). (A) Gas composition at auto-thermal reforming (ATR) reactor outlet, (B) Gas

composition at water-gas shift (WGS) reactor outlet, (C) ATR outlet temperature and power required for cooling to 310�C (D) WGS outlet

temperature and power required for cooling to 25�C

FIGURE 6 Temperature profiles calculated with the model compared to experimental data29 (A) and the molar fraction of dry

components in the gaseous mixture compared to experimental data29 (B)
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expressions and kinetic parameters if the same monolith
catalyst is used. The following operating parameters were
used based on the ATR reactor design considered herein
with an optimum capacity of 300 g/h of diesel surrogate.
The void fraction for the catalyst was taken from Refer-
ence [29] and had a value of 0.64. Inlet temperature:

TC,in ¼ 400 �C

Flow rates:

FC16H34,0 ¼ 1:325
mol
h

;

FH2O,0 ¼ 84:8
mol
h

;

Fair,0 ¼ 50:35
mol
h

The oxygen to carbon and water to carbon values
were the same as in Table 1. The reactor was approxi-
mated using a cylindrical shape with a length of 158 mm
and a radius of 46.3 mm. Figure 7A shows the tempera-
ture profile. An outlet temperature of about 800�C is
obtained. This is the same value obtained from the man-
ual calculation, as opposed to the value of 750�C obtained
with Gibbs minimization. In any case, the calculations
are close enough to give a rough idea of what to expect in
the reactor. Figure 7B shows the mole percentages on a
dry basis along the length of the reactor. The temperature
at the reactor inlet is immediately raised to about 930�C
by rapid exothermic partial oxidation. Shortly after the
reactor inlet, oxygen is rapidly consumed (Figure 7B) and
the temperature drops due to the endothermic steam
reforming reaction. The temperature stabilizes about
midway through the reactor. 100% conversion of O2 and
n/hexadecane is achieved at the chosen conditions. This

is presented in Figure S3 in Supporting information
where concentration profiles of all the compounds in the
reactor are shown. Both hexadecane and oxygen are con-
sumed immediately after the reactor inlet. 38% of the
hydrogen on a dry basis can be obtained in this way
when air is used as the oxygen source. The carbon mon-
oxide content that can be reduced with the WGS reactor
is 7%. As a two times higher ratio of steam to carbon is
used here than in reference [24] and because of the high
heat capacity of water, the temperature profile is some-
what flattened compared to the profile in Figure 6. The
temperature profile in Figure 7 has a lower maximum
temperature and a less steep drop.

3.2.1 | Influence of pressure

The kinetic expressions are complex and nonlinear, so it
is difficult to predict the effects of increased pressure, but
the model solutions suggest that the overall reaction rate
decreases at higher pressure. The residence time for the
first case was reduced to achieve approximately 80% con-
version at the reactor outlet. Three scenarios were
compared:

Case 1. Original system at 1 bar. Vol. flow
rate = 7.63 m3/h, mol. Flow rate = 136.44 mol/h

Case 2. Pressure = 2 bar; volumetric flow decreased
to 3,82 m3/h; molar flow is the same.

Case 3. Pressure = 2 bar; volumetric flow is the same;
molar flow increased to 272.9 mol/h.

The conversions in all three cases are shown in
Figure 8. In case 2, where the volumetric flow rate
decreases, the residence time is subsequently increased
by a factor of 2, resulting in a higher conversion (86.5%),
while case 3 has the same residence time and conse-
quently a lower conversion than the original 1 bar
case (81.55%).

The following conclusions can be derived:

FIGURE 7 The

temperature profile and mole

percent profiles (dry basis)

inside the auto-thermal

reforming reactor
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• The composition of the exhaust gas under equilibrium
conditions is independent of the pressure of the
system.

• If the pressure is increased to 2 bar with an exhaust
valve or a backpressure regulator, the volumetric flow
rate decreases by a factor of 2, while the molar flow
rate remains the same (case 2).

• If the volumetric flow rate is increased to increase the
molar flow rates, the energy requirement also increases
by a factor of 2 (case 3). A larger amount of hydrogen
is produced for the fuel cell.

• Compared to the original case at 1 bar, case 2 results
in a higher conversion due to the longer residence
time, while case 3 results in a lower conversion due to
the slower kinetics at the increased pressure.

• Operation at the increased pressure of 2 bar should not
be problematic as the pressure has no effect on the
exhaust gas, while the possible reduction in conver-
sion, if problematic, could be solved by using a larger
reactor volume or a larger amount of catalyst.

3.3 | WGS reactor kinetic model

The WGS reaction is kinetically favoured at higher tem-
peratures, but thermodynamic equilibrium favours less
CO formation at lower temperatures. Since the fuel cell
can be operated at a CO content of less than 1%, the tem-
perature of 300�C should be appropriate to achieve a fast
reaction to low CO concentrations. Low temperature shift
(LTS) copper-based catalysts tend to sinter at tempera-
tures above 250�C, so a high temperature shift catalyst
(HTS) would be more appropriate.

The results of the model for the WGS reactor in the
case with FeCr-based catalyst are shown in Figure S4

(temperature profile) and in Figure S5 (mole percent of
compounds on dry basis) in the supporting information.
For the case with Pt-based catalyst, the results are shown
in Figure S5 (temperature profile) and in Figure S6 (mole
percent of compounds on dry basis) in the supporting
information. In the case of the FeCr-based catalyst, the
reaction did not occur at 300�C. A temperature of 450�C
was required (Figure S3). Figure S4 shows the decrease in
CO and H2O, but a significant amount of CO is still pre-
sent. At this temperature (before condensation), more
than 1% of CO remains in the exhaust gas. After conden-
sation, this value is higher. The conclusion is that FeCr-
based catalysts are not suitable to reach the required
capacities. The required temperature is too high and too
much CO is produced. A downstream WGS reactor with
low temperature would be required.

The Pt/CeO2/Al2O3 was much more active and the
equilibrium conversion was achieved at an inlet tempera-
ture of 300�C. The calculated exit temperature was 328�C
(Figure S6 in the supporting information). Figure 9 shows
a much larger decrease in CO concentration at these tem-
peratures. 270 g of catalyst was positioned in the reactor
and equilibrium was reached after about 30% of the
length of the packed bed reactor. The CO concentration
decreased to 0.6%, which is much more suitable for fuel
cells than the CO content obtained with an FeCr-based
catalyst.

3.4 | Comparison of the kinetic models
with ASPEN

The composition at the reactor outlet corresponds to the
values obtained by Gibbs minimization, seen in detail in

FIGURE 8 C16 conversions along the length of the ATR
FIGURE 9 The molar percentage on dry basis profile in water-

gas shift reactor at 300�C inlet temperature and Pt-based catalyst
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Table 2. The gas composition in the case of the ATR reac-
tor is accurate to less than 1%. The small difference
between the kinetic and thermodynamic models is due to
the fact that the temperature calculated by the kinetic
model is about 50�C higher, resulting in a higher CO
equilibrium concentration. In the case of the WGS reac-
tor, both models give almost the same results, which con-
firms that the kinetic model for the WGS reactor was also
accurate and can be used for further development. Differ-
ent operating scenarios and other catalysts can be tested,
as well as the sensitivity of the system to variations in
operating parameters, which is useful when deviations
from ideal operation occur. Reaction rates can be modi-
fied by the operating temperature of the ATR, which can
be varied with the O2 inlet content.

4 | CONCLUSIONS

A computational study of the ATR-WGS system for
hydrogen production from diesel for fuel cell applications
in mobile units was performed. For high temperature
PEM fuel cells, the lowest possible CO content in the gen-
erated hydrogen is desirable. First, the influence of the
parameters in Aspen was studied, then kinetic models
were used to model the concentration and temperature
profiles of the two reactors ATR and WGS. The results of
the Aspen model with the diesel-surrogate mixture show
that more hydrogen is produced at a low O2/C ratio than
at a higher ratio. Most important is the effect of this ratio
on the temperature in the ATR reactor. When the O2/C
ratio is too low, the temperature in the ATR reactor
decreases because not enough heat is released by partial
oxidation. At the lowest O2/C ratio (0.28), the tempera-
ture is 450�C and at a ratio of 0.8 it approaches 1200�C.
Increasing the ratio of steam to carbon decreases the CO
content at the outlet of the ATR reactor because more
steam is available for the water gas shift reaction. If the

H2O/C ratio is sufficiently high, the CO content at the
outlet of the WGS reactor can be reduced to as low as
0.15 mol% when considering the entire product mixture.
At a high H2O/C ratio, a lower temperature at the outlet
of the ATR reactor can be achieved, but the cooling
power to reach the inlet temperature of the WGS reactor
must be greater than at a low H2O/C ratio because of the
high water content. In all cases considered, the WGS
reactor reduces the molar fraction of CO below 0.02. The
kinetic model for the ATR reactor design considered
shows that a large temperature rise can be expected at
the reactor inlet due to the rapid and exothermic partial
oxidation of n-hexadecane (diesel surrogate used for the
kinetic model). The temperature will reach about 930�C
in a fraction of the reactor length before oxygen is
completely consumed, and will decrease along the length
of the reactor to reach almost 800�C at the outlet. This
reactor yields 38 mol% hydrogen on a dry basis. Kinetic
models for the WGS reactor show that a Pt-based catalyst
is more suitable than an FeCr-based catalyst because a
lower temperature is required for a Pt-based catalyst to
reach a lower CO content. Equilibrium is reached within
one-third of the reactor length. It was shown that simple
kinetic models for both the ATR reactor with monolithic
catalyst and the WGS fixed-bed reactor are suitable for
simulating the behaviour of autothermal reforming of
diesel and can be used to predict and control the opera-
tion of the reactor in a real system. Future work includes
the construction of an experimental setup using the ATR
reactor design considered here with a suitable desulfuri-
zation system and a WGS reactor. The kinetic models will
then be validated and, if needed, adapted to the actual
diesel feedstock and used to control and/or intensify the
process.
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